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a  b  s  t  r  a  c  t

We  describe  the  design  and  operation  of  a microstructured  steam–methane  reformer  in which  the heat
transfer  area  and  reaction  volume  demands  for  the  reforming  process  are  decoupled  to  yield  a  high  degree
of  process  intensification  relative  to conventional  tubular  reformer  design.  The  plant  design  incorporates
intensive  process  integration  without  steam  export.  With  80%  hydrogen  recovery  from  the  syngas  in a
PSA,  and  use  of  the  PSA  offgas  as  the  only  fuel  source,  the reformer  system  has  a  fuel energy  efficiency  of
78.6%  as  designed,  corresponding  to  a  hydrogen  production  rate  of 2.69  mol  H2 per mol  NG.

Based  on  printed-circuit  heat  exchanger  techniques,  the  demonstration  plant  incorporates  17  stages
of  reforming  at nominally  15 bar.  Heating  for the  individual  adiabatic  stages  is  provided  by  combustion
stages  and  by  flue-gas  heat  recovery.  The  plant  incorporates  design  features  to minimise  potential  for
utoregulation carbon  deposition  and  metal  dusting.  It  displays  intrinsic  autoregulation  over  a  wide  range  of  turn-down,
from  34%  to 125%.  Start-up  is  very  rapid, approximately  2 h from  cold  to  syngas  production  at  full  rate.

With these  features,  this  process  and  plant  design  is  well  suited  for standalone  operation,  for  example
to  substitute  for  merchant  hydrogen  delivery  in  small  or isolated  facilities.  While  the  present  plant  has  a
capacity  of  5  Nm3 H2 h−1, the  multichannel  printed  circuit  architecture  is  scalable  without  loss  of precision
to  very  large  throughputs.
. Introduction

David Trimm had a special relationship with reforming, at least
f methane if not of his waggishness, which was irrepressible. From
is early work on partial oxidation [1],  through his authoritative
tudies of coke formation [2,3], and on to small scale reformers
or on-board fuel processing [4] and remote installations [5],  his
ork was for 40 years a spotlight on what was scientifically and

echnically important in the area. This paper links into Trimm’s
nterest in small-scale reforming systems.

In previous publications [6–8], we described the design and
emonstration of a scalable, microstructured steam methane
eformer. That system operated at 2 bar and was conceived pri-
arily as a primary fuel processor for a hydrogen fuel cell. This

aper reports on a revised SMR  process that operates at 15 bar. At
his pressure, the hydrogen can readily be purified by pressure-
wing absorption to provide a very pure hydrogen stream suitable

or fuel cells and the many industrial applications that are currently
erviced by a merchant hydrogen supply. Alternatively, the syngas
an be used in further downstream processing.

∗ Corresponding author. Tel.: +61 2 9351 3435.
E-mail address: brian.haynes@sydney.edu.au (B.S. Haynes).

920-5861/$ – see front matter ©  2011 Elsevier B.V. All rights reserved.
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© 2011 Elsevier B.V. All rights reserved.

Rostrup-Nielsen [9] has summarised the current and developing
status of steam–methane reforming plant for syngas production.
Current practice is generally to react natural gas with steam over
a nickel catalyst in large tubular reformers operating at temper-
atures in excess of 800 ◦C. The catalyst is extremely active and
the rate of heat transfer limits the reaction intensity that can be
achieved. In large scale equipment, high heat fluxes are attainable
using high-temperature radiant transfer – the tubes containing the
catalyst are located within a fired furnace, with heat transfer being
almost entirely by radiation from the flame and combustion gases,
as well as from the walls. The high temperatures needed to obtain
high radiant heat fluxes (typical design heat fluxes being of the
order of q ∼ 100 kW m−2) mean that the combustion gases leave
the furnace at around 900 ◦C – heat is recovered in a waste heat
boiler but, with steam generated also from the hot combustion flue
gases, the overall quantity of steam generated greatly exceeds the
reformer process requirements and excess steam is exported for
use elsewhere, for example for compression of the reactor feed to
a downstream ammonia plant. Credit is generally taken for this
export steam when the efficiency of a reformer process is being

assessed. However, there are applications where the excess steam
really has very little value because of a lack of opportunities to
exploit it. In these situations, the radiant reformer really does not
perform very well in terms of its intrinsic thermal efficiency.

dx.doi.org/10.1016/j.cattod.2011.08.048
http://www.sciencedirect.com/science/journal/09205861
http://www.elsevier.com/locate/cattod
mailto:brian.haynes@sydney.edu.au
dx.doi.org/10.1016/j.cattod.2011.08.048
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In particular, if the objective of the reforming produce is
o manufacture hydrogen as a final product, surplus steam is
ften problematical. A reduction in the steam–carbon ratio in the
eformer helps reduce the magnitude of the problem, but at the
isk of exacerbating the propensity to form carbon in the system.
herefore, the manufacture of hydrogen is sometimes carried out in

 convective reformer in which heat exchange from the hot exhaust
treams (flue gas and products) supplies energy for the reforming
rocess.

We consider here a simple demonstration of the heat fluxes
chievable with convective reforming. For heat transfer from
tmospheric-pressure combustion gases, the dominant resistance
o heat transfer is from the combustion gases to the wall. For flow
cross a bundle of tubes (containing the catalyst, diameter typically
f the order of 100 mm),  the external heat transfer coefficient may
e estimated very crudely via Colburn’s correlation

u = 0.33Re0.6Pr0.33

Here the Reynolds number is based on the velocity occurring
n the minimum open area between the tubes – a typical value

ould be 20 m s−1. Taking physical properties for combustion flue
ases at 1 bar and 900 ◦C, we obtain a heat transfer coefficient of

 ∼ 70 W m−2 K−1 which in turn would require an infeasible tem-
erature driving force ∼1400 K in order to achieve a wall heat flux
f q = 100 kW m−2. In practice, of course, much lower temperatures
nd heat fluxes must be accepted, despite which the convective
eformer does still offer some volume reduction relative to a radi-
nt furnace [9].  Nevertheless, the radiant furnace has remained the
referred plant for large-scale steam reforming.

Recent developments in process intensification have taken
dvantage of the fact that heat transfer rates are greatly enhanced
n smaller-scale systems and a number of convective reformer
oncepts have been advanced and demonstrated. In parallel plate
eformers, the combustion and reforming processes take place
n adjacent channels, creating a heat-exchanger/reactor with the
hannel wall providing both the support for catalysts that pro-
ote the respective processes and the heat transfer dividing wall.

ecause of the narrow channel width employed, the flows in these
ystems are typically laminar, for which a characteristic Nusselt
umber is easily obtained as a constant value under fully developed
onditions. For a flat-plate arrangement, this value is

u∼8

For a typical plate separation of 1 mm (dh = 2 mm),  the
orresponding heat transfer coefficient for flue gases is

 ∼ 320 W m−2 K−1 – now a heat flux of 100 kW m−2 can be
chieved with a temperature driving force of just 320 K, which is
ot far removed from what is achievable with radiation in a large-
cale furnace. However, the large exchange area per unit volume
hat is achievable with separation distance of the order of 1 mm
ompared with the scale of perhaps 100 mm in a conventional
onvective reformer (or some metres in a radiant firebox) means
hat these “microstructured” devices are very much smaller [10].

It is possible to augment the heat transfer in laminar flow by
 number of techniques. Passages shorter than the thermal devel-
pment length enjoy the benefits of thinner boundary layers and
igher heat transfer coefficients. When fluids pass through a curved
uct, secondary flows (Dean vortices) are developed which pro-
ote the transverse mixing of the fluid in the duct and so enhance

he heat transfer rate. At sharp bends, recirculation zones may
e established, also leading to mixing of the fluid at that point –

eyond the bend the laminar boundary layer must re-establish,
uring which process significantly higher (developing flow) heat
ransfer coefficients are obtained. Significant augmentation is pos-
ible using a combination of the above techniques, meaning that
sis Today 178 (2011) 34– 41 35

the nominal reformer heat flux of 100 kW m−2 can be achieved
with a temperature driving force <100 K for flow in 1 mm passages.
Applied to the reforming example, this in turn allows one to think
in terms of processes with close temperature approaches and very
high thermal efficiency.

Even smaller driving forces can be achieved if the duct diameter
is reduced further. However, there is a limit to how small passage
dimensions should go. In general terms, finer passages must be
made shorter and used in larger numbers in order to control the
pressure drop in a given duty; furthermore, from the point of view
of manufacturing, the attachment of flow headers and distribution
systems to very short arrays of ducts becomes problematical; and
very fine passages bring an increased risk of channel blockage.

There have been a very large number of publications on microre-
actor concepts for steam reforming published in the past decade.
Unfortunately, in the vast majority of these publications, little or
no attention is paid to the overall integration of the process from
cold reactants to cooled products, the main foci being on the reac-
tion kinetics of novel supported catalysts and on the configuration
of the high-temperature heat supply (combustion) and heat sink
(reforming) reactions.

In particular, a number of heat-exchanger/reactor concepts for
steam reforming have been proposed and demonstrated [10–13] –
Ref. [13] in particular provides a comprehensive survey of develop-
ments in this area. However, the common wall in these systems still
links the reaction rate inextricably to the heat-transfer rate, giving
rise to the potential for stability problems to occur in operation
as catalysts age and in scaling out [14]. Another novel approach
to intensifying the reforming reaction is to employ a hydrogen-
selective membrane which removes the equilibrium limitations on
the reformer conversion that become especially problematical at
high pressures [15].

We have previously proposed [6] and demonstrated [7,8] a sys-
tem of adiabatic reaction beds interleaved with heat exchangers as
a means of separating the heat transfer area requirements from the
reaction area. This approach allows each aspect (heat transfer and
reaction) to be configured optimally for the task at hand and leads
to profound levels of process integration. Integral to our multiple-
adiabatic bed (MAB) approach was a very high thermal efficiency
(with no steam export), minimal process control, excellent turn-
down performance, and a high degree of scalability.

In this paper, we describe significant process improvements
towards the further development of the MAB  process for
steam–methane reforming. We  do not concern ourselves here
with upstream or downstream processes such as gas compression,
or syngas conversion to other products. Rather we focus on the
microstructured process engineering of steam methane reforming
as a highly efficient stand-alone process.

2. Process description and plant design

2.1. Process description

The overall process schematic is shown in Fig. 1 [16]. The
reformer operates at 15 bar with a steam:carbon ratio of ∼3.8. Com-
bustor fuel and air are supplied at room temperature and close
to atmospheric pressure (<1.3 bar). Liquid water and natural gas
are supplied at room temperature at the operating pressure. The
reformer catalyst is a commercial noble metal catalyst on a rippled
metallic strip support; the combustion catalyst is a noble metal
mixture on a monolith support.

Fig. 2 shows details of the multi-stage prereforming/reforming

section. There are 3 stages of pre-reforming that initiate H2 pro-
duction under relatively mild conditions in order to inhibit carbon
deposition at the higher temperatures of the main reformer stages.
The incoming steam/methane mixture is heated in countercurrent



36 B.S. Haynes, A.M. Johnston / Catalysis Today 178 (2011) 34– 41

Fig. 1. Schematic diagram of the integrated SMR process. The pre-reformer/reformer/combustion block is shown in detail in Fig. 2.
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Fig. 2. Details of reaction stages s

tagewise contact with the hot combustion flue gases, as shown in
ig. 2, to provide the reaction heat for the prereformers.

There are 14 stages in the main reforming block – after each
tage, the partially reacted steam–methane mixture is reheated by
eat exchange with hot combustion gases. The hot gases required
t each stage are produced by catalytic combustion of fuel into the
ain combustion gas stream. The catalyst is based on noble metals

upported on a ceramic monolith. This stream, initially air, is pro-
ressively vitiated through the stages until it leaves the last stage
ith a low residual oxygen content, typically <1% on a dry basis.
Fig. 3 depicts the sawtooth variation of reformer and
ombustion-side temperatures through the stages. By careful dis-
ribution of fuel to the successive combustion stages, the stagewise
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ig. 3. Sawtooth temperature profiles for combustion (grey) and reformer (black)
treams through the 14 stages of the multi-stage reformer.
g interstage convective heating.

heat release is controlled, as is the stagewise inlet temperature and
adiabatic conversion in the reformer stream. The reformer stream
temperature is gradually increased through the process with the
products leaving the final stage close to equilibrium at ∼800 ◦C.

There is intensive heat recovery from the hot combustion
flue gas and reformer streams. Hot syngas generates steam (as
described in more detail below) and enters the high-temperature
shift reactor (HTS, using noble metal on monolith support) at about
300 ◦C. After picking up reaction heat in the HTS, the syngas then
provides heat in a tightly integrated 5-stream exchanger to pre-
heat the fuel, air, water and natural gas streams before leaving the
process as a two-phase mixture. After providing heat for the per-
forming stages, the flue gas is further cooled by contact with the
partially preheated water stream.

Fig. 4 shows the grand composite curve for the process. The
pinch point arises at the point where evaporation of water com-
mences, around 200 ◦C, where the approach temperature is 34 ◦C.
As a result of intensive heat recovery, the flue gas and syngas prod-
ucts leave at temperatures below 150 ◦C. Heat recovery extends to
substantial condensation of the unconsumed steam remaining in
the syngas but there are insufficient low-grade sinks within the pro-
cess for complete condensation – some external cooling is therefore
required to complete the condensation of this reagent steam. This
cooling (not shown in Fig. 1) represents the only thermal utility
required for operation of the plant.

2.2. Syngas cooling and steam generation
Syngas cooling is always challenging in reformers because of
the potential for metal dusting. Metal dusting is a catastrophic car-
burisation phenomenon which occurs under conditions where the
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ig. 4. Grand composite curve for the integrated reformer. The grey line corresponds
o hot streams while the dark line corresponds to cold streams.

emperatures are in the approximate range 400–800 ◦C and the car-
on activity of the gaseous atmosphere is greater than unity. Every
ffort is made in reformer operations to limit the zones in which
yngas is prone to dusting, including even spraying water into the
yngas in order to quench cool it. Depending on the need for steam
eyond the SMR  process, a more energy-efficient approach is to
ecover heat from the syngas in a process gas boiler in which the
etal temperature is close to the saturation temperature of the

team being generated, at temperatures low enough for dusting to
e too slow to be of concern in most applications, i.e. <400 ◦C.

In the present reformer, the issue of metal dusting in process
eat recovery is managed by a combination of steam generation
just sufficient for the process) and dilution cooling using cooled
yngas. A portion of the syngas is fed to the submerged-core steam
enerator in which the metal temperature is maintained close to
he steam saturation temperature 200 ◦C. The syngas is itself cooled
lose to this temperature – there is a transition of metal tem-
erature through the dusting regime at the syngas inlet to this
xchanger and this short region is a protected by aluminide coating.

The cooled syngas leaving the boiler is then mixed with the
emaining hot syngas so that the mixed temperature is low enough
or dusting not to be of concern, in fact at the required inlet tem-
erature for the HTS reactor, ∼300 ◦C. The piping in the immediate
icinity of this mixing point is also coated for protection against
usting.

The steam/carbon ratio for the overall process is largely fixed
y this arrangement, as a simple energy balance shows. If the
reheated water stream entering the boiler has a thermodynamic
team quality x|in:

˙ syngasĈp|syngas(Treformer − THTS in) = ṁsteam�̂steam(1 − x|in) (1)

ith ṁsyngas = ṁsteam + ṁNG , and assuming the natural gas is essen-
ially methane, this gives the S/C ratio

/C = 16
18

ṁsteam

ṁNG

= 0.89

((�̂steam(1 − x|in))/(Ĉp|syngas(Treformer − THTS in))) − 1
(2)

or x|in ∼ 0, Treformer = 800 ◦C, THTS in = 290 ◦C, and with typical values

f �̂steam = 1950 kJ kg−1 and Ĉp|syngas = 3.1 kJ kg−1 K−1, we  obtain
/C ∼ 3.8. It is noteworthy here that this ratio is intrinsic to the
teady-state process and is not affected by turndown.

From the above equation, it can be seen that the intrinsic S/C

atio is affected by adjustments in the HTS inlet temperature. Such
djustments may  need to be made (by altering the fraction of the
ot syngas that goes to the boiler) to ensure that the HTS is oper-
ting optimally – for example if the inlet temperature is increased
sis Today 178 (2011) 34– 41 37

by 10 ◦C (to 300 ◦C), the S/C ratio becomes 3.4. Active control of the
S/C ratio can be achieved by generating steam in the flue gas cooler
(so that x|in > 0) but we focus here on the simpler autoregulated
operation that is particularly attractive for remote and distributed
production.

2.3. Fuel distribution

Distribution of fuel into an MAB  reformer needs careful man-
agement because, with microchannel construction, the network of
distribution channels brings the fuel into close contact with hot
metal. This is not a problem if the fuel is H2 (such as in an anode
off gas from a fuel cell), but use of hydrocarbon or syngas-derived
fuel (such as purge gas produced with hydrogen purification in
pressure-swing absorption) may  bring attendant risks of channel
blockage through coking and/or corrosion by metal dusting. This
issue is addressed in the present system by premixing the fuel with
air to create, after catalytic combustion, a very fuel-rich mixture
that not only has a carbon activity low enough to preclude coking
and metal dusting but is also hot enough to lie outside the region of
concern for metal dusting. This mixture is the fuel that is then dis-
tributed to the downstream combustion stages in proportions that
determine the temperature rise in each stage and the overall profile
of temperatures through the reforming and combustion stages.

2.4. Design performance

There are diverse performance metrics that are utilised in eval-
uation of the performance of steam–methane reforming processes.
Ultimately, it is the final use of the syngas that determines the rel-
evance of any one metric. Of particular importance is the source
of the fuel for the reformer – this may  be fully imported or it may
be derived entirely from the syngas itself, usually after some inter-
mediate processing. For example, if hydrogen is separated from the
syngas, then the residual syngas is available as a fuel; if the use of the
syngas is methanol synthesis, then the tail-gas from the synthesis
plant can contribute to the fuel load.

In the present process design, we hypothesised stand-alone
operation of the reformer in conjunction with pressure-swing
absorption to produce a pure hydrogen stream, with the PSA off-
gases being returned in their entirety to the reformer as the only
fuel for the reformer process. We  define

�H2 =
ṅexport

H2
LHVH2

ṅNGLHVNG

where ṅ is the (molar) flow and LHV is the lower heating value of
the stream (on a molar basis): the superscript export signifies the
net flow of pure hydrogen exported from the hypothetical PSA; NG
refers to the natural gas feed to the reformer side. For reforming
at 14 bar and 800 ◦C, THTS in = 290 ◦C and with 80% H2 recovery in
the PSA, the operating point of the reformer as designed is S/C = 3.8
and with hydrogen fuel efficiency �H2 = 78.6%. This efficiency fig-
ure rises to 81.3% if an optimistic 90% H2 recovery is assumed for
the PSA. Reported values of fuel efficiency for steam reforming of
methane to produce H2 with additional fuel and without steam
export range from 61% to 78% [17]. The detailed modelling work
of Simpson and Lutz [18] has broadly similar conditions to ours
(p = 10 bar, HTS inlet 300 ◦C, S/C = 3.2), utilising a membrane sepa-
rator (90% recovery) to purify the hydrogen: for a balanced process
(no additional fuel) with reformer temperature 700 ◦C, they report
�H2 = 67%.
The ratio of molar or volumetric hydrogen production rate to
methane consumptions is typically about 2.3 in large-scale steam
reformers [19]. Our balanced process with 80% PSA efficiency
reports a significantly higher value of 2.69 mol  H2 per mol NG.
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ig. 5. Reformer plate etching and stacking arrangement. From the top down the
lates are for (i) combustion air; (ii) fuel distribution; (iii) combustion air; and (iv)
eforming. Overall flow direction in each plate is from right to left.

The very high values of these performance metrics for the
resent process are attributable to the high level of process inte-
ration incorporated in the design and represent a new benchmark
or reformer performance.

.5. Plant design and construction

The implementation of the process was designed to demon-
trate the concept in a practical configuration using printed-circuit
late technology provided by Heatric (www.heatric.com). Fluid
assages were etched into the metal plates, as shown schemati-
ally in Fig. 5 for the four plates comprising the repeating unit of the
ain reformer for which high-nickel alloy (800H) was  employed.

he first and third plates (from the top) carry the combustion air
 the long slots crossing these plates are the openings for the
atalyst chambers. These slots occur in all the plates to create
he catalytic combustion chamber that extends through multiple
epeating units but it is only the combustion gas plates and the
uel gas distribution plates (the second plate in Fig. 5 – see below)
hat have fluidic connection to these catalyst chambers. The fourth
late carries the reformer stream back and forth across the plate
s it moves through the reforming reactor chambers located at the
dges of the plate – in each pass across the plate, after exiting a

eaction stage, this stream contacts the combustion stream and is
eheated for further reaction in the next stage.

This distribution of fuel was achieved through the use of con-
rolled fluidic resistances, as can be seen in the second plate in Fig. 5.
Fig. 6. Schematic of the assembled plant.

The flow in these channels is laminar to ensure that the relative
resistances remain constant when the plant capacity is varied, thus
ensuring passive fluidic control of this distribution.

This design is entirely scalable, with greater production rates
entailing the use of more plates. For the purposes of demonstra-
tion, the production capacity was  chosen to have enough repeating
units to mitigate the effects of heat loss from the outer plates min-
imise edge effects which would otherwise disturb the intricate heat
integration that the plant embodies. The nominal capacity of the
present plant is 72 mol  CH4 h−1. Assuming the natural gas is 100%
CH4 and ideal conversion to H2, the plant capacity in terms of H2
production is 288 mol  h−1, or 7 Nm3 h−1 (298 K, 1 bar). The actual
plant capacity was closer to 5 Nm3 H2 h−1 as a result of impurities in
the natural gas, equilibrium limitations and catalyst performance.

The plate assemblies are diffusion-bonded together to form the
three process blocks, prereformer and reformer, multistream feed
effluent exchanger, and flue gas heat recovery unit, as shown in
Fig. 6. The steam generator and HTS reactor are separate vessels that
are coupled closely to the bonded blocks. The prereformer/reformer
block is approximately 50 mm in thickness, 200 mm high an
1000 mm in length.

The whole system is insulated in high performance Microtherm
insulation material (www.microtherm.uk.com).

3. Experimental

Operation of the system is carried out in a DCS environment
(Yokogawa Quantum CS 3000) – this system provides alarms and
interlocks for safe operation; it also enables comprehensive data
logging. Sample for analysis of composition are taken at various
points through the combustor and reformer chains. The sam-
ples are dried by water removal through selective membranes
(Permapure driers) and analysed using calibrated microGC’s (Var-
ian 4900). Pressure drops are measured across many reaction and
heat exchange elements. These arrangements are as described pre-
viously [7,8].

4. Results and discussion

The plant has operated for >1000 h in total, including 833 h dur-
ing which natural gas was  being introduced into the reformer, at
steady state rates between 34% and 125% of the nominal produc-
tion capacity of the plant. There have been 93 start-ups from cold
– most runs were for short duration, typically 8 h of reforming but

there have also been a number of 100-h tests.

The HTS catalyst installed in the system gradually deactivated
under the conditions studied – an analysis of the performance
of this catalyst will be reported elsewhere but for the present

http://www.heatric.com/
http://www.microtherm.uk.com/
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Fig. 8. Measured stagewise product evolution. The solid lines show the results

645 ◦C. Beyond that, the equilibrium WGS  temperature indicates
that stages 2–10 have a relatively constant reaction temperature
of ∼740 ◦C. The SMR  reaction does not equilibrate until about the
8th reforming stage after which the SMR  and WGS  equilibrium
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Fig. 7. Typical start-up temperature histories.

urposes we report results obtained when the catalyst was  oper-
ting at about 30% of its intended effectiveness. Under these
onditions, there was minor degradation in the efficiency of the
rocess, both in terms of the heat available for recovery in the
ulti-stream feed-effluent exchanger and in terms of the H2

ield. However, the intrinsic performance of the main combus-
or/reformer blocks was unaffected and we therefore focus on that
n this paper.

.1. Start-up

Fig. 7 shows the course of a start-up from cold. The combustion
rain is fired initially with hydrogen while 15 bar N2 is introduced
o the reformer side. Once the steam system is up to pressure, the
2 is cut off and natural gas is introduced to begin making syngas

 this is at 09:20 in Fig. 7, 100 min  after starting up. After a further
0 min  during which the syngas production rate is brought up to
ominal capacity, the hydrogen start-up fuel is replaced with the
perational fuel. In most cases, we used syngas product to fuel the
lant – typically this was diluted 50% in N2 in order to simulate a

ow-grade fuel such as might be derived from an anode off-gas or
 PSA off-gas.

The complete startup is completed in less than 2.5 h, after which
he plant operates very stably without need for operator interven-
ion.

.2. Operation

Table 1 shows a typical composition of the natural gas supplied
o the laboratory.

.2.1. 100% nominal capacity
Fig. 8 shows typical stagewise product compositions of the

ajor reformate species for 100% nominal plant capacity, S/C = 3.67.
amples were withdrawn from the product headers for the prere-
ormer stages and for every second reformer stage – not shown are

he results for ethane which is decomposed essentially completely
n the performer stages. Also shown in Fig. 8 is the progressive
itiation of the combustion air after the various combustion stages.

able 1
omposition of natural gas (mol%).

CH4 CO2 N2 C2H6

94.3% 2.2% 1.4% 2.1%
for the prereformer (PR) and reformer (R) reformer stages while the dotted line
shows the progressive air vitiation through the combustion beds associated with
the  reformer stages. Nominal plant capacity 100%.

The plant operates with a syngas outlet pressure of 13.6 bar,
maintained by a back-pressure regulator. At 100% nominal
production rate, the pressure drop through the entire prere-
former/reformer train was  1.8 bar (prereformer inlet pressure
15.4 bar). Through the combustion train, the pressure drop was
0.31 bar.

The prereformers achieve the desired conversion of approxi-
mately 20% of the methane in the natural gas to hydrogen, after
which the main reformer stages bring the conversion to about 90%.
This performance can be assessed in terms of the equilibrium tem-
peratures calculated from measured product compositions for the
water-gas shift reaction (WGS: CO + H2O � CO2 + H2) and the pri-
mary steam reforming reaction (SMR-1: CH4 + 2H2O � CO + 3H2)
versus measured temperatures, as in Fig. 9. Here it should be noted
that reliable temperatures cannot be obtained from with the blocks
and we only measure temperatures in ducts connecting blocks,
with the thermocouples being surrounded with radiation shields
to ensure they provide a correct gas temperature.

It is apparent in Fig. 9 that the WGS  reaction reaches equilibrium
in the third prereformer stage where the measured temperature is
PR
_1

PR
_2

PR
_3 R
_2

R
_4

R
_6

R
_8

R
_1

0

R
_1

2

R
_1

4

E

0

200

Fig. 9. Equilibrium temperatures through the reformer train. Temperatures calcu-
lated from measured gas compositions for WGS  (CO + H2O � CO2 + H2) and SMR-1
(CH4 + 2H2O � CO + 3H2) reactions. The grey bars show the measured temperatures
at  the outlets of the accessible stages. Nominal plant capacity 100%.
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Fig. 11. Relative changes in specific heat loss (kJ kgNG
−1), specific fuel firing rate

for 71% and 125% production rates. However, there is a very large
increase in the required firing rate at the lowest production rate of
ig. 10. Cumulative stagewise distribution of fuel at different plant production rates.

emperatures agree closely with each other and with the avail-
ble duct measurements. The exit condition from the reformer is
quilibrated at the exit temperature ∼810 ◦C.

As discussed above, the stagewise distribution of fuel to
he combustion train determines the overall temperature profile
hrough the reactor system. The distribution in the operating plant
as determined through use of a helium tracer introduced with

he fuel and analysed via gas chromatography at the available sam-
ling points. Fig. 10 shows the results (solid line) for the cumulative
istribution at 100% nominal capacity, compared with the design
istribution corresponding to the temperature profile in Fig. 3 –
ote that no fuel is introduced after stage 14. It is apparent that the

uel distribution network as implemented in the plates is faithful
o the design and achieves the objective of providing autoregu-
ated control of this very complex distribution across a wide range
f operating conditions.

Table 2 shows an overview of the system energy balances
btained for 100% nominal capacity. On the reformer side the inputs
re the natural gas and water streams while the outputs are the
yngas and the blowdown for the steam generation system. On the
ombustion side, the air and fuel mixture streams are the inputs
nd the flue gas is the only output.

The energy balance indicates an imbalance corresponding to an
pparent heat loss of 360 W,  or about 5% of the combustion heat
elease of 6430 W.  The mean value for the heat loss rate obtained
n multiple runs was 650 W,  which we can compare with what

ight be expected from a small scale process operating at 800 ◦C.
he effective loss coefficient based on the total surface area of the
ox containing the plant is ∼0.1 W m−2 K−1. This corresponds to a
hickness of thermal insulation (k = 0.03 W m−1 K−1 for Microtherm
uper G) of the order of 0.3 m which is close to what was  actually
sed. It is concluded that the losses are as small as can reasonably
e achieved with a plant at this scale.

Another “loss” from the system is that associated with the blow-
own of water from the steam generator. We  feed sufficient water
o ensure that the steam generator level does not drop below safe
evels, with the excess water (saturated at 200 ◦C, 15 bar) being
eleased without heat recovery. This surplus water also prevents
he accumulation of salts in the steam generator. Although the flow
f blowdown water is small in absolute terms (0.81 kg h−1), it does
epresent about 15% of the water feed to the system and incurs a
ensible heat loss of 175 W or 2.5% of the fired duty. While this is

elatively small, it would be desirable to reduce this loss signifi-
antly – this would be easily accomplished at larger scale, but at
((kgfuel kgNG
−1) and equilibrium steam–carbon ratio as a function of plant produc-

tion rate. Relative changes in overall pressure drops through the reformer and
combustion trains are shown.

the current scale, and with the objective of avoiding active control,
there is room for improvement.

Direct comparison of the test results with the system design is
not possible because we did not use PSA to strip hydrogen from the
syngas but rather used a fraction of the actual syngas as the fuel.
To compare the efficiency of the demonstration with the design
performance, we assume that 80% of the hydrogen content of the
syngas produced is available for export after hypothetical PSA sepa-
ration, giving �H2 = 71.5%. Assuming average heat losses of 650 W
gives a revised figure of 72.3% versus an expected value of 78.6%
– as discussed above, the HTS reactor in our system performed
poorly, leading to a ∼7% loss in hydrogen yield which, if corrected,
would put the plant performance very close to design. Even without
these adjustments, the nominal plant production rate of 2.33 mol
H2 exported per mol  NG fed remains excellent.

Further comparison with the balanced design can be made in
terms of the energy available in the residual syngas after selective
removal of 80% of the gross hydrogen product. The fuel that would
be available for the process is calculated to be ∼98% of that actually
needed in the trials, confirming that the system is operating very
near the design point.

4.2.2. Turndown
The system was tested from 34% to 125% of nominal capacity –

the natural gas rate is simply set to the desired value and the fuel
rate is adjusted to give the desired reformer outlet temperature
while maintaining the air rate to give the target residual oxygen in
the flue gases. As discussed above, the relative fuel distribution is
essentially unchanged as the firing rate changes. No other adjust-
ments are made and the system settles quickly (∼10 min) to its new
production rate.

Fig. 11 shows the principal results obtained for different feed
rates of natural gas to the reformer, referred to the nominal stan-
dard value. The apparent specific heat loss (kJ kgNG

−1) inferred from
the imbalance in energy flows into and out of the system becomes
much larger at lower rates although the absolute heat loss in every
case remains below 1 kW.  One might therefore expect that the sys-
tem would demand only a small increase in the specific firing rate
(kgfuel kgNG

−1) to compensate for this loss and this is clearly the case
34%, coupled with a sharp increase in the equilibrium S/C ratio. This
behaviour relates to the intensive heat integration in the system:
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Table 2
Energy balances for the reformer operating at 100% capacity. The shaded boxes denote input streams.

Stream T (◦C) Flow rate Stream enthalpy
(kJ kg−1)

Energy flow
(kW)

Flow rate per unit NG flow

kmol h−1 kg h−1 Mass (kg kg−1) Energy (kJ kg−1)

Reformer

� = 17289

� = −1047

NG 26.1 0.071 1.231 −4769 −1.63 1.00 −4770 −76243
Water 22.6 0.308 5.550 −15850 −24.44 4.51 −71474
Syngas 118.0 0.459 5.971 −10111 −16.77 4.85 −49043 −58954
Blowdown 200.3 0.045 0.810 −15060 −3.39 0.66 −9911

Combustor
Air  25.4 0.301 8.711 −14 −0.03 7.08 −88 −6317
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University of California, 2000.
Fuel  (mix) 28.0 0.187 3.336 −2295 −2.13
Flue  gases 118.0 0.443 12.030 −2522 −8.43

Imbalance −0.36

he relative firing rate must be increased to compensate for the rel-
tively greater heat losses at low production rate. This results in an
ncreased mass flow to the flue gas cooler which in turn leads to in
n increase in the inlet steam quality to the boiler, thus raising more
team in the boiler, as per Eq. (1).  This effect is therefore a highly
onlinear function of heat losses that are inevitably more signif-

cant at the smallest throughputs – at higher firing rates (>70%),
he autoregulation capabilities of the system are clear, with the S/C
atio changing only ±3% for 25–30% variations in production rate
round the design point.

The pressure drops in the combustion and reformer trains also
ary with plant production rate, Fig. 10.  The pressure drops at 125%
f nominal capacity show a marked increase above those at 100%
nd provide a practical operating limit to the capacity of the plant.
t lower flow rates, the pressure drops vary more or less linearly
ith production rate, although this is somewhat obscured by the
isproportionately high firing rate and S/C ratio caused by heat

osses at the lowest throughput tested.

. Conclusions

We have demonstrated the successful operation of a stand-
lone convective steam–methane reformer based on a multiple
diabatic catalytic bed configuration implemented using printed
ircuit/diffusion bonding technology. The system incorporates very
igh degrees of heat integration, producing relatively cold prod-
ct streams and no steam export. The efficiency of the plant is
orrespondingly high.

Techniques to manage issues relating to excessive carbon
ctivity that might give rise to carbon deposition or metal dusting
ave been incorporated into the process design and have been
hown to be effective. To date, the plant has undergone >90
tartups from cold without any difficulties with materials man-
festing themselves. This is especially significant given the very
apid startup that would impose intolerable thermal stresses on a
onventional design, Successful demonstration of this plant opens
p new possibilities in the integration of process innovation and
lant design and construction. The printed-circuit manufacturing
echnique allows very complex processes to be implemented
ithout significant cost penalty, thus enhancing opportunities

or heat integration beyond what is achievable with separate
essels, each typically performing a single unit operation and
equiring interconnection via piping. Passive fluidic control can

lso be designed into the system to achieve a high degree of
utoregulation over a wide range of turndown.

The microchannel plates at the heart of the printed-circuit
echnique create perfectly scalable systems, whereby the design

[
[

� = −183362.71 −6229
9.77 −24653 −24653

production scale can be varied at will by varying the number
of channels, e.g. by varying the plate size, the number of plates
that go into a module, or the number of modules that are com-
bined (perhaps under a common header arrangement) to create
the overall plant. While we  have demonstrated a system with a
production rate about 4 orders of magnitude smaller than world-
scale steam–methane reformer plant, there is no technical reason
why  this plant cannot be implemented at world scale and beyond,
or at any intermediate scale, thus breaking the usual tyranny of
scale in chemical process engineering.
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